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Abstract

This paper deals with convective boiling of ternary mixtures in vertical tubes. Experiments were carried out in 8.58 m
long, 25.4 mm ID, electrically heated test section using an n-pentane/n-hexane/iso-octane mixture (0.31/0.22/0.47 overall
mole fraction). Bulk and wall temperatures as well as local heat transfer coefficients were measured. The results were
compared with those obtained using an extension to ternary (and multicomponent) mixtures of the methodology
proposed by J.R. Barbosa and G.F. Hewitt [Int. J. Heat Mass Transfer 44 (2001) 1465, 1475] for prediction of forced
convective boiling of binary mixtures in upward annular flow. Interphase transfer of heat and mass is dealt with using
two formulations: (i) a film method in which the diffusive fluxes are calculated via a linearly generalised Fick’s Law
[H.L. Toor, AIChE J. 10 (4) (1964) 460; W.E. Stewart, R. Prober, Ind. Eng. Chem. Fundam. 3 (3) (1964) 224], and (ii)
an effective diffusivity method. Droplet entrainment and deposition are modelled via an interchange model that takes
into account the local concentration non-equilibrium between the liquid film and the entrained droplets. As for the
binary case, it is claimed that the deterioration in the heat transfer coefficient is due to a combined effect of droplet

interchange and mass transfer resistance in the vapour side. © 2002 Published by Elsevier Science Ltd.

1. Introduction

Processes involving boiling of mixtures of two or
more substances are widely encountered in industry.
However, despite the technological relevance, there is a
dearth of adequately predictive and design methods for
forced convective boiling of multicomponent mixtures
[5]. The majority of methods available in the literature
for phase change heat transfer of mixtures deal with the
binary case. Moreover, of the number of studies devoted
to the multicomponent case, most are related to con-
densation [6,7]. A fairly refined methodology, and yet
applicable to condenser design, is that based on film (or
Colburn) methods. Taylor and Krishna [8] gave a
comprehensive review of the generalisations of Fick’s
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Law for multicomponent systems and their application
to a Colburn method calculation framework. Basically,
two approaches are used: (i) the Effective Diffusivity
Method, where each constituent is assumed to transfer
at a rate equal to that at which it would transfer if it
alone were present in an arbitrarily chosen reference
species at the same concentration, and (ii) the so-called
Interactive Method, a more refined theory put forward
by Toor [3] and Stewart and Prober [4], that assumes a
linear dependence of the diffusive fluxes on all concen-
tration driving forces. A description of calculation pro-
cedures for condenser design using both approaches is
also presented by Webb [9].

A model for boiling of ternary refrigerant mixtures in
horizontal pipes was proposed by Zhang et al. [10]. In
the forced convective dominant region, use was made of
a film methodology in which an effective diffusivity ap-
proach was employed to calculate the interfacial mass
fluxes. Zhang et al. concluded that no essential difference
was found between the mechanisms of boiling heat
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Nomenclature

Roman

[Bs] matrix of mass transfer coefficients (m s~!)

Cp specific heat capacity at constant pressure
(kg K™

dr diameter of tube (m)

D deposition rate (kg m~2 s7!)

E entrainment rate (kg m=2 s71)

[1] unit matrix (dimensionless)

I, diffusion interaction coefficient (dimension-
less)

La length of pipe in annular flow (m)

) mass flux (kg m=2 s')

p pressure (Pa)

Pr Prandtl number (dimensionless)

q heat flux (W m~2)

Re Reynolds number (dimensionless)

s thickness of layer (film method) (m)

[Se] Schmidt number matrix (dimensionless)

T temperature (K)

X composition of liquid (mass fraction)

y composition of vapour (mass fraction) (di-
mensionless)

Y auxiliary radial co-ordinate (m) (dimen-
sionless)

z axial co-ordinate (m)

Greek symbols

a heat transfer coefficent (W m~2 K™)

5 Maxwell-Stefan diffusion coefficients (m? s~!)

[4] matrix of mass diffusivity coefficients
(m*s™")

Ah, latent heat of vaporisation (J kg™")

y) thermal conductivity (W m~! K1)

n viscosity (N s m™2)

(9] finite flux correction matrix for mass trans-
fer (dimensionless)

o1 finite flux correction factor for heat transfer
(dimensionless)

p density (kg m™3)

Subscripts

av average

b bulk

C core

E equilibrium

GC vapour/gas core

j component identifier, 1 =n-pentane, 2 =n-
hexane

I interface

L liquid phase

LE entrained liquid

LF liquid film

w wall

Superscript
finite flux

transfer in binary and ternary systems. As far as the
present authors are aware, the interactive model has not
previously been tested for multicomponent boiling.

This paper presents experimental and modelling
studies on forced convective boiling of ternary mixtures
at high qualities. Experiments were carried out using
an n-pentane/n-hexane/iso-octane mixture undergoing
phase change in a vertical, 25.4 mm ID, electrically he-
ated test section. The proposed model is an extension of
that for phase change of binary mixtures in annular flow
[1,2]. The model takes into account phenomenological
aspects of the flow regime (such as droplet entrainment
and deposition) and uses a Colburn method to describe
the interphase transfer of mass and heat. Both Interactive
and Effective Diffusivity formulations for calculating the
diffusive fluxes are implemented and compared. For the
substances analysed, the results show that diffusive in-
teraction effects are not significant. However, differences
in composition between the entrained droplets and the
liquid film seem likely to exert a significant influence.

In what follows, Section 2 describes the experimental
work and procedure. In Section 3, the model and the

main associated assumptions are reviewed. Section 4
presents the comparisons between modelling and ex-
perimental results. Finally, conclusions are drawn in
Section 5.

2. Experimental work
2.1. Experimental facility

The experimental data were acquired using a high
pressure multicomponent boiling facility situated at the
AEA Technology plc site at Harwell, Oxfordshire, UK.
The facility was operated under a collaborative experi-
ment with the Heat Transfer and Fluid Flow Service
(HTFS), the latter being part of AEA Technology. A
schematic of the HTFS High Pressure Boiling facility is
shown in Fig. 1(a). The rig consists of three loops,
namely the circulating, pressurising and degassing loops.
The main circuit contains the vertically oriented test
section, a shell and tube condenser, a circulating pump,
a 75 kW electrical pre-heater, a density meter (model
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Fig. 1. (a) A schematic of the HTFS boiling facility; (b) drawing of the bulk thermocouple pocket.

Paar DPR 4/22 XEI) and a flowmeter (a drag disc de-
vice, model Ramapo Mark V-3/4-F02). The pressure
is generated by two centrifugal pressurising pumps,
pumping against a partly open control valve in the main
loop. Fine adjustment of pressure is possible by speed

control of the pressurising pumps. The test section is a
8.5 m long, 321 stainless steel tube with a nominal inner
diameter of 25.4 mm and an outer diameter of 38.0 mm.
Uniform heating can be achieved by Joule effect, passing
alarge DC current (up to 4000 A) at a low voltage (up to
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30 V) through the test section wall. The non-uniformity
of the heat generation due to changes in the electrical
resistivity can be neglected since the changes in the wall
temperature along the test section for boiling experi-
ments are small. The test section is equipped with 70
thermocouples attached to the outer wall at a spacing
of 100-150 mm. The inner wall temperature is calcu-
lated from the one-dimensional steady-state conduction
equation, correcting for heat losses. The bulk tempera-
ture is measured at 12 locations along the test section
(spaced at 750 mm intervals). To achieve the bulk tem-
perature measurement, thermocouple pockets were cre-
ated out of 2 mm diameter hypodermic tubes which were
bent at a right angle and positioned at the centre line
of the tube with the tip facing the flow (see Fig. 1(b)).
The tips were sealed before the tubes were welded into
position. In these pockets, sheathed thermocouples
could be fed right into the tip. Three absolute pres-
sure transducers (model Druck PDCR60) were located
at the bottom, middle and top of the test section, with
eight differential pressure cells (model Druck PDCR
120/75/WL/1S) located every 750 mm along the test
section.

The bulk and wall thermocouples were checked
against a calibrated dry block calibrator which had an
accuracy of +0.3 K. It was found that the thermocouple
outputs were within the accuracy of the calibrator. Es-
timated uncertainties of measured values are presented
in Table 1.

2.2. Experimental procedure and conditions

The boiling experiments were started at low heat flux,
generally 10 kW m~? with the inlet temperature close to
saturation, making sure that no vapour was generated in
the preheater. This could be checked through the read-
ing of a density meter placed immediately downstream
of the preheater. In the main series of experiments, the
heat flux was increased further in steps of 10 kW m~2; to
avoid dryout, the inlet temperature had often to be re-
duced with increasing heat flux. Another series of ex-
periments were carried out where the heat flux, mass flux

Table 1
Uncertainty of measured values used in the determination of
the experimental heat transfer coefficient

Temperature (wall and bulk) +0.3 K

Pressure 0.1% full scale
Voltage across the test section +1.0%
Current across the test section +1.0%
Thermal conductivity of the test section +4.0%

Heat loss +20%

Heated length +10 mm
Inner diameter of test section +0.1 mm
Test section wall thickness +0.15 mm

Table 2
Test matrix for two-phase experiments
Conditions Unit Range
Pressure bar 2.3, 3.0, 6.0, 10.0
Mass flux kg m2s7! 100, 200, 300, 500
Heat flux kW m~2 10, 20, 30, 40, 50, 60, 70

Inlet subcooling K Minimum of 5-15
Exit quality Dimensionless < 0.8

and pressure were kept constant and only the inlet
temperature was increased up to a maximum value,
typically 5-15 °C below saturation. In addition, runs
with reduction in the inlet temperature were performed
to allow examination of hysteresis effects. In this con-
text, experiments were also conducted by increasing and
decreasing the heat flux. A test matrix for the ternary
mixture experiments is shown in Table 2.

3. Methodology
3.1. Interphase heat and mass transfer

The heat transfer coefficient in mixture systems is
normally defined by the following equation:

qw

o To—To)’ (1)
where ¢, is the heat flux imposed to the walls of the
tube, T, is the temperature of the inner wall of the tube
and Tg is the bubble point temperature (for boiling/
evaporation) or the dew point temperature (for con-
densation). It is commonly acknowledged that heat
transfer cofficients for mixtures are lower than those for
pure fluids with identical physical properties. In the heat
flux controlled case, such a deterioration in o is due to an
increase in the wall temperature, T;,, and interface tem-
perature, 77, associated with mixture effects. As outlined
by Wadekar [11], in the convective region where nucleate
boiling is greatly suppressed, it can be postulated based
on the calculations by Shock [12] that the liquid film heat
transfer coefficient, o is mainly a function of local
turbulence and physical properties. Thus, to a first ap-
proximation, (7, — 77) is given for a given heat flux and
local quality. The heat transfer coefficient, o, from the
wall to the two-phase fluid mixture is usually defined
from Eq. (1), with T being determined from a flash
calculation. If Tj is higher than T, then Ty, is also higher
and the value of o defined as ¢./(T, — Tg) will be
smaller. Two possible causes of an elevation of 7} with
respect to Tg can be identified:

1. A difference could occur between the concentration
of the components in the liquid film and their average
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concentration in the entrained droplets. As discussed
by Barbosa and Hewitt [1,2], the liquid film would
have a higher concentration of the less volatile com-
ponents than the droplets. Assuming, say, that the
liquid film is fully internally mixed, then the equilib-
rium temperature at its interface would be higher
than Tg, even in the absence of mass transfer resis-
tances in the vapour.

2. The concentrations of the components at the inter-
face are different from those in the bulk vapour. In
order for the vapour generated at the interface to
be transferred to the bulk vapour, concentration dif-
ferences must also exist between the interface and the
bulk vapour. This implies an elevation of the partial
pressure at the interface and, consequently, an eleva-
tion of the interface temperature 7; with respect to 7.

Fig. 2 illustrates the geometry of the problem. The liquid
phase is present as a climbing film coating the inner wall
of the pipe and in the form of small droplets entrained in
a vapour core. Droplet interchange between the core
and the liquid film is modelled in terms of droplet en-
trainment and deposition rates [13].

Entrainment and deposition rates are calculated lo-
cally in terms of the local vapour velocity, the local film
flow rate and the local droplet flow rate. The relation-
ships used do not include any effect of heat flux on en-
trainment or deposition rate; such effects are discussed in
detail by Barbosa et al. [14] who found that, based on
established relationships for the effect of heat flux on
entrainment, the effect was negligible in the conditions of
the current experiment.

myy +d (thF )

dz

<___
) o) (D)
< | T,

Myps MypXpp;

@

X +d m,_,.-x,',;_,)

The gas phase is a saturated or subcooled mixture
which may contain non-condensing gases as well as va-
pours. All the resistances to heat and mass transfer in the
gas side are assumed to lie in thin layers of thicknesses s
and s,, adjacent to the interface. The flow in such layers is
assumed to be steady, laminar, and one-dimensional.
Transport properties are considered constant. Homoge-
neous chemical reactions, viscous dissipation, and radi-
ant-emission or absorption in the fluid are neglected.

The total rate of energy transport to the vapour in
the core is given by a sum of latent and sensible heat
contributions,

3
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Fig. 2. The model geometry. (a) Hydrodynamics; (b) heat and mass transfer.
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in concentration between the droplets and the film and
of vapour phase mass transfer was discussed for the
binary case in [1,2]. For the ternary case, the situation is
somewhat more complicated. One may either use an
effective diffusivity for each of the components. This
approach ignores interactions between the respective
fluxes and the more comprehensive approach is to take
account of these interactions. Both approaches were
pursued in this work.
Fick’s Law for the layer geometry is given by

3 2
. . dy
g =gy g = Pae ) ik (Tk (6)
=1 =1 Y

In terms of the elements of a finite-flux matrix of
mass transfer coefficients, the evaporating mass flux
vector is as follows [8]:

My = Vi Z ;i + pe ZB'C.,._k i = ), (7)
where
[Bs)] = [Ba][®]{exp[®] — [}, (8)
and

N
(@] = poc ;mu[BG] ~ )

The zero-flux matrix of mass transfer coefficients is
also given by a Dittus—Boelter type relationship. As
suggested by Webb et al. [15], no enhancement due to
interfacial wave effects or entrainment was taken into
account in such calculations.

[Boldr[4]™" = 0.023Re%S [Seae]™, (10)
where
[Seac] =%w‘, (11)

and [4] is the matrix of Fickian diffusion coefficients.

The diffusivity fluxes are given by the second term on
the RHS of Egs. (6) and (7). Unlike the binary case, for
multicomponent systems the concentration gradients of
each component may be different. If the elements off the
main diagonal of [4] are not equal to zero, then inter-
action effects [16] are bound to occur.

Taylor and Krishna [8] pointed out a criterion for
quantifying diffusive interaction effects. This is as fol-
lows (in terms of a matrix of mass transfer coefficients),
- |BGi,(J’I,j W) | ~O(1). (12)

" Bg, Oni =) |

Thus, the higher 7, the higher the significance of in-
teraction effects, e.g., the tendency of species i to diffuse

in a direction opposite to that indicated by its own
gradient of concentration (reverse diffusion).

The matrix of Fickian diffusion coefficients is calcu-
lated depending on the formulation (interactive or ef-
fective diffusivity) chosen. These are summarised below.

3.1.1. Interactive method
In the interactive approach, the elements of [4] for a
ternary system are given by [8],

A = 013,102 + (1 — w.1)012]/5, (
A1z = y,1023(813 — 012) /S, (
A1 = W2013(023 — d12) /S, (15
A = 02302015 + (1 — 12)012]/S, (

where S = 31023 + V2013 + W3012.

3.1.2. Effective diffusivity method

In this approach, only the main diagonal elements of
the matrix of Fickian diffusion coefficients are different
than zero. These are given by

A;; = 053, (17)

where i=1, 2.

Therefore, interaction effects are not accounted for
by the Effective Diffusivity Method.

It is also assumed that there is no direct interaction
between entrainment, deposition and the diffusive pro-
cesses (though the concentrations involved will be af-
fected by entrainment and deposition in the manner
described above).

In both formulations, the coefficients were obtained
assuming ideal gas behaviour in the vapour side. The
Maxwell-Stefan diffusion coefficients, d;;, for the binary
pairs are calculated through the correlation of Fuller
et al. [17].

Eq. (7) is not a complete description of the evapo-
ration process as only its diffusional part was specified.
Another relationship is needed (determinacy condition)
so that the overall interfacial flux is known. For the
present geometry and flow regime in the liquid film, the

fully mixed liquid determinacy condition, seems more

appropriate (the action of disturbance waves is towards

a homogenisation of the concentration in the film). In

this case, the interfacial liquid composition is known a

priori (previous liquid film evaporation and a bubble

point calculation defines the interfacial state (vapour

composition and inter facial temperature) of the vapour.
An additional closure hypothesis is as follows:

4Gc = qw — gep, (18)
where

gep = (E — (D))cpe(Th — Tc), (19)
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is the energy released/absorbed by the entrained droplets
due to entrainment and deposition. The operator ()
defines the cumulative value of a given parameter at
a given distance. For instance, (D") ="', D" is the
deposition rate of droplets entrained at a section j (up-
stream to m) that deposit at a section m. The calculation
of cumulative parameters is, as will be seen, of particular
importance due to the axial gradient of concentration in
the liquid film as the more volatile component prefer-
entially evaporates.

3.2. Conservation equations and closure

Momentum, mass and energy conservation equations
are solved for the annular flow regime. Detailed infor-
mation about the derivation and solution of the set of
conservation equations are given by Barbosa and Hewitt
[1,2]. Here, it suffices to say that the difference in vola-
tility between the components gives rise to axial gradi-
ents of concentration in both liquid and vapour streams
due to the preferential evaporation of the more volatile
component(s) even when local component equilibrium
occurs. In annular flow, such an equilibrium situation is
broken down by droplet entrainment and deposition
since liquid is exchanged between different sections of
the pipe. Moreover, the droplets themselves, at a given
distance, will have a mean concentration different from
that of the liquid film. A simplified approach to the
phenomenon pursued here suggests that, if the vapori-
sation rate of the liquid film is much higher than that of
the droplets in the core, then it is not illogical to assume
that, whilst in the vapour core, the droplets retain a,
concentration approximately equal to that of the liquid
film at the point where they were created (entrained).
Thus, droplets generated at distinct co-ordinates have
distinct concentrations and, at a particular co-ordinate,
a spectrum of concentration is found in the population
of depositing droplets.

The conservation equations for the ternary mixture
case are as follows:

d . 4 2.
&mLF_d_T(<D>_E_;mU)’ (20)
4. _4 23: ; (1)
dZmGC = dr — my,
d . 4
EmLE = d_T(E - <D>)> (22)
d 4
&XLFJ = M (<DXLF.,i> - <D>XLF.,i)
3
+ Z My XL, — ml,i:| ) (23)
J=1

. d 4 .
mCCPCETC = o5 (Th — Tc)
T

+ (E = (D))epre(Th — o). (24)

Egs. (20)—(22) represent overall mass conservation for
the liquid film, vapour core and liquid entrained as
droplets. Eq. (23) is a component mass balance for the
liquid film. The effect of deposition of droplets having
different concentrations is characterised by the expres-
sion in parenthesis in the RHS of (23). Eq. (24) is an
energy balance for the core, the first term in the RHS
of (24) is the conductive contribution of the heat flux
to the vapour phase. The second term is the net energy
released/absorbed by the entrained liquid due to en-
trainment and deposition, #ic,c,c and Tc are the ho-
mogeneous core mass flux, specific heat capacity and
temperature, respectively. These are given by

fie = tige + (LE), (25)
mGe + (mLg)

PC = Thoe iy (26)
pGC + <L‘pLE>

and

To — mgecpe + (MLECHLE) (27)

MGCCpGC TMLECpLE

Toc + < TLg >
A conservation equations for the bulk vapour concen-
tration is given by

d 4 :
s = (g = > i ). 28
dzyb.t dTmGC <ml.t / mI,jyh,z) ( )

J=1

Momentum balance equations for the annular flow re-
gime were solved together with the mass balance rela-
tionships described above. These will not be repeated
here and can be found elsewhere [1,2,18].

At each integration step Az, an iterative procedure
is carried out to determine the interfacial mass fluxes,
compositions and temperature. The solution algorithm
for the interphase heat and mass transfer calculation is
comprised of the following steps [6]:

1. Known: xif,,(= xF,,, fully mixed film hypothesis),
Wo.is TC-

2. Calculate: y;;,T; — Bubble point temperature sub-

routine.

Guess: 213.:1 ity ;.

Calculate: —34

LT
Calculate: qG’C . Eq. (2)
Compare: If gge # ¢w — ¢ep, update Z;:l rn; and re-
turn to step 4.

SN kbW

Finally, T, is calculated as follows:

T, =T+ (29)

OLF



2662 J.R. Barbosa Jr. et al. | International Journal of Heat and Mass Transfer 45 (2002) 2655-2665

where o is the heat transfer coefficient for the liquid
film calculated using the correlation of Chen [19] with
the (small) nucleate boiling component corrected for
mixture effects as suggested by Palen and Small [20].

As pointed out in previous work [1,2], a significant
amount of liquid may be entrained as droplets at the
onset of annular flow, perhaps as a result of high liquid
entrainment also present in the churn flow regime [21].
There is at present no general method for calculating the
entrained fraction at the onset of annular flow. Thus,
the approach of assuming a series of values covering the
likely range (i.e., 0%, 10%, 20% and 40%) and carrying
out calculations for each of these values is undertaken
here.

Thermodynamic and transport properties were cal-
culated using the various methods described by Assael
et al. [22].

4. Results

Figs. 3 and 4 illustrate typical variations of liquid
phase (film and droplets) mean concentration and of
bulk and interfacial vapour concentrations calculated
using an Interactive formulation. As will be seen in Fig.
5, which shows a plot of the interaction parameters I,
and I, interaction effects are not important for the
cases studied. For other runs, the values of I,; were never
higher than 1073, Therefore, for the conditions evalu-
ated, diffusive interaction effects are not relevant.

Figs. 6(a) and (b) show the predictions of wall, in-
terface and core temperatures for different initial en-
trained fractions at various conditions. A variation in
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the initial entrained fraction provokes an opposite effect
in the behaviour of mean temperatures; higher values of
initial sz g induce lower profiles of 7Tc and higher profiles
of Ti. As observed in the binary mixture temperature
predictions [2], the measured temperature trends are well
picked up by the formulation, but the agreement some-
what decreases with increasing pressure.

The measured heat transfer coefficients (calculated by
introducing the known wall heat flux, the measured wall
temperature and the calculated value of 7% into Eq. (1))
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are compared with those calculated using the present
methodology in Figs. 7(a) and (b). Again, the capability
of the formulation at predicting the decrease in the heat
transfer coefficient with increasing quality is well ob-
served.

The predictions in Figs. 6 and 7 were obtained ap-
plying the Effective Diffusivity Method. As seen before,
the difference between the results given by this method
and those given by the Interactive Method is negligible.
The computing time, however, is as expected, shorter for
the Effective Diffusivity Method.

Fig. 8 shows a comparison between experimental and
predicted heat transfer coefficients averaged over the
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segment of pipe over which annular flow took place. The
average heat transfer coefficient is defined by
1 i

Qay ), odz. (30)
The agreement is good, with the majority of data
points lying within the £20% error boundary. It was
found that the data points that presented the largest
deviation (out-side that range) were those obtained at
high pressure (10 bar), low total mass flowrate (100, 200
kg m~2 s7') and high wall heat flux (50, 60 kW m~2).
This may be due to presence of additional nucleate
boiling or due to an unsuitability of some methods and
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iy = 295.98 kg m™? 57!, g, = 49.50 kW m~2.
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correlations employed in the model to deal with higher
pressures. The predicted heat transfer coefficients were
obtained using an initial entrained fraction of 10% for
this being a value close to that estimated for hydrody-
namic equilibrium (equal entrainment and deposition
rates).

The predictions obtained with the Chen [19] corre-
lation using the correction factor by Palen and Small
[20] for mixture effects, but not taking account of droplet
and interfacial mass transfer effects are also shown for
comparison purposes. A considerable overprediction of
the heat transfer coefficient is given by this method.

5. Conclusions

Forced convective boiling experiments were carried
out in a vertical tube using a ternary n-pentane/n-hex-
ane/iso-octanc mixture. A decrease in the local heat
transfer coefficient was observed and an extension to
ternary mixtures of a model for forced convective boil-
ing of binary mixtures in annular flow [1,2] was pro-
posed so as to predict such trends. Interphase transfer of
mass and heat was dealt with using a Colburn method
with the diffusive fluxes modelled via a linearly genera-
lised Fick’s Law [3,4] or via an Effective Diffusivity
formulation.

Basically, the discrepancies with normal prediction
methods arise for two reasons, mainly differences in
concentration which develop between the droplets and
the liquid film at given locations along the channel
(whereas the normal methodologies implicitly assume
that the concentrations are identical in the whole liquid
phase) and, secondly, the complexities of interfacial
mass transfer giving temperature differences between

the interface and the vapour core. The methodology
proposed here deals with both these effects. The drop-
let transport is dealt with by dealing locally with en-
trainment and deposition and by ‘book-keeping’ on
the concentration of the three components in the drop-
lets.

As for the binary case, the model predictions for
temperature and heat transfer coefficient distributions
are in quite good agreement. Diffusive interaction effects
were found to be not important for the set of conditions
assessed.
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